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Abstract 
Calcium looping is an energy-efficient CO2 capture technology that uses CaO as a regenerable 
sorbent. One of the advantages of Ca looping compared with other post-combustion technologies 
is the possibility of operating with flue gases that have a high SO2 content. However, 
experimental information on sulfation reaction rates of cycled particles in the conditions typical 
of a carbonator reactor is scarce. This works aims to define a semi-empirical sulfation reaction 
model at particle level suitable for such reaction conditions. The pore blocking mechanism 
typically observed during the sulfation reaction of fresh calcined limestones is not observed in 
the case of highly cycled sorbents (N>20) and the low values of sulfation conversion 
characteristic of the sorbent in the Ca-looping system. The random pore model is able to predict 
reasonably well the CaO conversion to CaSO4 taking into account the evolution of the pore 
structure during the calcination/carbonation cycles. The intrinsic reaction parameters derived for 
chemical and diffusion controlled regimes are in agreement with those found in the literature for 
sulfation in other systems.  
 3
Introduction 
Post-combustion CO2 capture using CaO as a regenerable solid sorbent (or calcium looping, 
CaL) is a rapidly developing technology because of its potential to achieve a substantial 
reduction in capture cost and because of the energy penalties associated with more mature CO2 
capture systems1,2. In a post-combustion CaL system, CO2 from the combustion flue gas of a 
power plant is captured by using CaO as sorbent in a circulating fluidized bed (CFB) carbonator 
operating between 600-700 ºC. The stream of partially carbonated solids leaving the carbonator 
is directed to the CFB calciner, where the solids are calcined, thereby regenerating the sorbent 
(CaO) and releasing the CO2 captured in the carbonator. In order to calcine the CaCO3 formed in 
the carbonator and to produce a highly concentrated stream of CO2, coal is burned under oxy-
fuel conditions at temperatures above 900 ºC in the calciner. One of the main distinctive 
characteristics of this process is its lower energy penalty, as operation at high temperatures 
allows for efficient heat integration of the full system in the power plant3,4,5,6,7,8. 
 
Another known benefit of CaL systems compared with other post-combustion technologies, such 
as amines, is the theoretical capability of operating with flue gases that have a high SO2 content. 
This is because the calcined limestones present in carbonator and calciner reactors are known to 
be excellent desulfurization agents, and they are routinely used in many commercial scale power 
plants, including circulating fluidized bed combustors (see review by 9). Although several recent 
works have investigated sulfation phenomena in CaL systems10,11,12,13,14,15,16,17, there is very little 
quantitative information on the sulfation rates of CaO in the carbonator and calciner reactor 
environments.  
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An important difference between sulfation studies with CFB combustors and sulfation studies 
with CaL systems concerns the typical range of conversion to CaSO4 that can be expected of 
each of these systems. An obvious design target of any commercial flue gas desulfurization 
process is to make the most use of the Ca and to achieve maximum conversion to CaSO4. 
However, in a CaL system, there is generally a need for a large make up flow of low cost 
limestone to compensate for the decay in the sorbent’s CO2 carrying capacity along cycling. A 
mass balance for the recycling of Ca solids has shown18 that this leads to CaSO4 contents well 
below 5mol% in a CaL system, even when high sulfur content fuels are used. This has important 
implications for the debate of the effect of sulfur on CaL systems, because this low conversion of 
the Ca sorbent to CaSO4 is well below the limit of conversion required to achieve the extensive 
pore plugging that is characteristic of highly sulfated particles (see review by Anthony9). The 
purpose of this work therefore is to examine more fully the sufation phenomena associated with 
these low levels of conversion to CaSO4. 
 
Several models have been proposed for studying and describing heterogeneous sulfation 
reactions and pore plugging processes under different reaction controlled regimes and for 
different sorbents19,20,21,22,23,24,25. The models increase in complexity when they need to quantify 
the diffusion phenomena of the reactants passing through plugged pores. However, there is a 
general consensus concerning what happens in the initial stages of the reaction (low sulfation 
conversions). The first quantitative descriptions of the rate of reaction of SO2 with CaO26,27 
established that, in the absence of diffusion through the pores of the particles, the reactivity of 
the sorbent towards SO2 increases with the internal surface area. The overall reaction rate in 
these conditions is controlled by the chemical reaction at low values of sulfate conversion and by 
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gas diffusion through a layer of CaSO4 formed over the CaO sorbent that increases as the 
sulfation conversion increases. Regarding the effect of SO2 concentration in gas phase, there is 
general agreement the the reaction order ranges from 0.6 to 128,20,22,29. This background 
information should be valuable in modelling the sulfation rates of CaO particles in the typical 
conditions of CaL systems. 
 
Another important difference between early works on the sulfation reaction of CaO in 
combustion environments and the present study is to do with the range of temperatures. The most 
suitable mathematical models for describing the rate of sulfation of individual particles are 
usually fitted to the data obtained at temperatures characteristic of CFBC (around 850 ºC). 
However, these conditions differ considerably from those of a carbonator reactor working with a 
flue gas at lower temperatures (650 ºC).  
 
Finally, it is necessary to take into account the special characteristics of the CaO particles cycling 
in a CaL capture system, where the reversible carbonation reaction of CO2 with CaO has a strong 
impact on the textural properties of the material. It is well known that the CO2 carrying capacity 
of CaO sorbents decays with number of calcinations/carbonations30,31 due to a sintering 
mechanism that drastically reduces the surface with the increasing number of cycles. In a 
scenario where SO2 is present in the flue gas entering the carbonator reactor, there is additional 
deactivation of the CaO sorbent due to the formation of CaSO4. Several works have shown11,12, 
13,17 that SO2 accelerates the decrease in CO2 carrying capacity of a sorbent during cycling even 
when a low ratio of SO2/CO2 is used. One important conclusion of these cyclic tests is that the 
performance of limestones may differ considerably during sulfation in contrast to their similar 
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behaviour during carbonation13. In their studies of the performance of calcium aluminate pellets 
during co-capture tests of CO2 and SO2 Manovic et al. showed that the deactivation of synthetic 
sorbents (calcium aluminate pellets) is greater than that of natural limestone sorbent due to their 
higher reactivity towards SO217.  
 
On the other hand, the sintering process of CaO under cyclic carbonation calcination cycles can 
have a positive impact on sorbent utilization during sulfation. Some researchers have found that 
the sulfation behaviour of CaO is enhanced (higher maximum sulfation conversions are 
achieved) during the calcination/carbonation cycles10,13,14. This is because the sintering of the 
particles during carbonation-calcination is accompanied by a widening of the pores to diameters 
of several 100s nm after extended (100) cycles32. The opened structures formed during the 
calcination/carbonation cycles are then able to accommodate the bulky product layer of CaSO4, 
thus reducing the pore blocking mechanism which limits CaO conversion during sulfation. On 
the basis of this sorbent behaviour, some researchers have suggested the idea of using the spent 
sorbent from carbonate looping as feedstock material for SO2 retention in CFB boilers during 
coal combustion13,15,16. This may be one of the reasons why most of the published data on the 
sulfation of spent sorbents is related with high temperatures typical of combustion temperatures 
(850-900 ºC) and there is lack of experimental information on sulfation rates under carbonation 
temperatures (650ºC).  
 
The focus in this work is on the capture of SO2 from the flue gas fed into the carbonator reactor, 
as this operates in conditions that may need to reconsider and reformulate the application of 
existing models at particle level to describe the sulfation reaction rates of CaO. Indeed, despite 
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the large body of literature on the reaction of CaO with SO2 in a wide range of conditions 
relevant to the operation of CFBCs, there is insufficient experimental information on sulfation 
reaction rates in the conditions characteristic of a carbonator reactor (i.e. particles that have 
undergone very different numbers of carbonation-calcination cycles, having substantially 
different textural properties and with expected conversions to CaSO4 compared to that of CFBC 
systems). This work addresses this knowledge gap and presents what we believe to be the first 
results of an investigation to define a semi-empirical sulfation reaction model at particle level 
suitable for the conditions characteristic of a carbonator reactor in a Ca-looping postcombustion 
system. 
 
EXPERIMENTAL 
Three different limestones with particle sizes in the range of 63-100 m were used for this study. 
Their chemical composition is shown in Table 1. The calcination/carbonation cycling and the 
sulfation of the sorbents was experimentally studied using a TGA analyzer especially designed 
for carrying out long calcination-carbonation cycles, as described elsewhere33. This TG consists 
of a quartz tube installed in a two-zone furnace which is able to work at two different 
temperatures. The furnace can be moved up or down by means of a pneumatic piston and its 
position with respect to the sample allows a rapid change from calcination (950 ºC) to 
carbonation temperatures (650 ºC) and viceversa. The system is equipped with a microbalance 
that continuously measures the weight of the sample which is held in a platinum basket. The gas 
mixture (air/CO2/SO2) was prepared using mass flow controllers and was fed into the bottom of 
the quartz tube. The weight and temperature of the sample were continuously recorded on a 
computer. 
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The experimental procedure starts with the calcination carbonation cycling of the limestone for a 
certain number of cycles. During these tests, calcination was carried out in air at 950 ºC and 
carbonation under 10% CO2 in air at 650 ºC. After cycling, the sample temperature was allowed 
to stabilize for 10 minutes until a temperature of 650 ºC was reached. A mixture of SO2 with air 
was then introduced into the quartz tube in order to begin sulfation. Tests were carried out to 
establish the experimental conditions (sample mass and total gas flow) needed to avoid external 
diffusion effects. In the light of the results, the total volumetric flux was finally set to 2.25 x 10-5 
m3/s, (corresponding to 0.05 m/s at 650 ºC). It was also established that a sample mass below  3 
mg was necessary to eliminate external mass diffusion effects (i.e. at T=650 ºC and 500 ppmv of 
SO2). CaO conversion of the sorbent was calculated from the weight gain assuming that CaSO4 
would be the main product of the reaction between CaO and SO2 under the experimental 
conditions of this work. After the end of each run, the samples were weighed using a different 
balance to check the accuracy of the TGA. A good agreement between both series of 
measurements was obtained in all cases.  
 
Table 1. Chemical composition (% wt) of limestones used in this work. 
 
RESULTS AND DISCUSSION 
Figure 1a shows the evolution of CaO conversion to CaSO4 with time for limestones tested after 
a first calcination at a temperature of 650 ºC using 500 ppmv of SO2. As can be seen, the three 
sorbents exhibit an initial fast period followed by a second period with a lower reaction rate 
during which the XCaSO4 tends to stabilize to an almost constant value. In the case of the 
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Compostilla and Imeco limestones, the sulfation rate of CaO fell sharply after ten minutes of 
reaction, to a XCaSO4 of 0.16 and 0.19 respectively. The reactivity of the Enguera limestone 
towards sulfation was much higher, yielding a XCaSO4 of 0.35 at the end of the sulfation period. 
The drastic slowing down of the sulfation process has been reported widely in the literature and 
is attributed to pore blockage due to the different molar volumes of CaO and CaSO4 (16.9 and 
46.0 cm3/g respectively)9. 
 
Figure 1b shows the CaO conversions to CaSO4 after 50 calcination/carbonation cycles. As can 
be seen, the evolution of XCaSO4 is quite similar for the three sorbents after cycling, despite the 
different behaviours of the freshly calcined limestones (Figure 1a). This is a clear indication of 
the strong effect of a large number carbonation-calcination cycles on the pore structure of CaO 
particles, irrespective of their origin, as revealed in previous studies on carbonation34.  
 
Figure 1. XCaSO4 vs time for limestones used in this work after the first calcination (a) and 50 
calcination/carbonation cycles (b) (T=650 ºC, SO2 concentration=500ppmv). 
 
Certain similarities between Figure 1a and 1b are worth highlighting. On the one hand, the 
sulfation of the CaO cycled particles seems to maintain a certain transition (at about 300s in 
these figures) between two stages in the rate of reaction. The fast reaction stage has a less 
inclined slope compared to the equivalent period in the fresh sorbent (Figure 1a), and this can be 
attributed to the smaller surface area of the CaO particles after 50 carbonation-calcination cycles. 
Furthermore, the reduction in the reaction rate during the second stage is less pronounced in the 
case of the cycled sorbents (as the solid lines show). Even more interesting is the fact that in 
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Figure 1b the reaction rate remains almost constant until the very end of the sulfation 
experiment, in contrast with what one would expect when the pore blockage mechanism is takes 
place (as in Figure 1a). This behaviour might be expected in view of the evolution of the sorbent 
surface, with cycling, towards one with a more opened texture and wider pores13,17,32,35. A 
comparison of the experimental data in Figure 1a and 1b shows the importance of taking into 
account the evolution of sorbent texture during the calcination/carbonation cycles when 
modeling the sulfation process and determining the rate constants, as will be discussed later on.  
 
Experiments with different particle sizes were carried out to evaluate radial diffusion resistances 
throughout the pore network of the particles, focusing on the low level of sulfate conversion (fast 
reaction regions in Figure 1). Figure 2 shows the CaO conversion to CaSO4 for the freshly 
calcined and cycled (N=20) Compostilla limestone of two particle sizes, 63-100 and 400-600 μm 
respectively. As can be seen, the reaction rates are similar for both sizes. This indicates that the 
SO2 concentration is constant throughout the particle and that the sulfation rate can be described 
by means of a homogeneous model for these particle size ranges, common in Calcium looping 
applications with CFB technology. However, this approach should always be reconsidered when 
using particles of a larger size in other systems. 
 
To study the effect of SO2 on the sulfation rate of CaO, tests with different concentrations were 
carried out at a temperature of 650 ºC. The effect of the SO2 concentration on XCaSO4 in the case 
Compostilla limestone after the first calcination cycle is shown in Figure 3, where the SO2 
concentration ranges from 500 to 3000 ppmv. As can be seen, the SO2 concentration has a 
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marked effect on the slope of the initial stage of the sulfation process and on the final conversion 
of the sorbent after 20 minutes of reaction.  
 
Figure 2. Effect of the particle size on the sulfation of CaO after the first calcination (empty 
symbols) and 20 calcination/carbonation cycles (filled symbols) (T=650 ºC, SO2 
concentration=500ppmv). 
 
As already mentioned, different reaction orders can been found in the literature depending on the 
sulfation conditions. To determine the reaction order under the sulfation conditions tested in this 
work, the maximum sulfation rate (X/t) for the initial period (up to reaction times of 100 s) 
was represented against the SO2 concentration. Figure 3b shows the results obtained for the 
slopes of the curves in the case of the fresh calcined Compostilla limestone. As can be seen, a 
good linearity is observed indicating a pseudo-first order reaction respect to SO2. Figure 2 shows 
the results obtained for the other limestones (N=1) and for the Compostilla limestone after 20 
calcination/carbonation cycles confirming the first reaction order.  
 
Figure 3. Effect of SO2 concentration on XCaSO4 for the fresh calcined Compostilla limestone 
(N=1) (T=650 ºC) (a) and the maximum reaction rate vs SO2 concentration (b). 
 
The experimental results presented above were interpreted in this work using the random pore 
model (RPM) proposed by Bhatia36 and recently adapted to the carbonation reaction in CaL 
systems37, 38. This model has also been previously applied to freshly calcined limestones to study 
the diffusion and kinetic resistances involved in the sulfation process20. The RPM model has a 
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general expression which is valid for solid-gas reactions and which is also applicable to porous 
systems with product layer resistance. Thus:  
 
     

11ln111
1ln1
XZ
XCSk
dt
dX s



       (1) 
where: 
DMb
ak
CaO
s )1(2             (2) 
and  ks is the rate constant for the surface reaction, S is the reaction surface area per unit of 
volume,  is the porosity of the particles, D is the effective product layer diffusivity and C is the 
SO2 concentration. In Eq. 2, Ψ is a structural parameter that takes into account the internal 
particle pore structure which can be calculated as:  
2
)1(4
S
L            (3) 
where L is the initial pore length in the porous system per unit of volume, S is the initial surface 
area per unit of volume and is the porosity. For a chemically controlled reaction, the general 
rate expression from Eq. 1 can be simplified and integrated to yield the following equation [36]: 
     12 tCSk1X1ln11 s        (4) 
On the other hand, when chemical kinetics and diffusion through the product layer are 
controlling the overall reaction rate, Eq. 1 can be integrated to the following equation: 
     Z tCMDSX CaOCaO 2111ln11        (5) 
Textural parameters used as inputs in the RPM model (S, L and ) can be determined from 
experimental measurements20. In the case of cycled CaO, since the textural properties (SN, LN) 
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change during cycling, their values for each cycle need to be known before the model can be 
applied. To avoid the need for experimental measurement of these parameters and in the absence 
of a detailed sintering model able to estimate the pore size distribution during cycling, we 
adopted a similar methodology to that proposed by Grasa et al.37 applying the random pore 
model to the carbonation reaction of the cycled particles. Assuming that CaCO3 forms a fairly 
constant layer at the end of the fast carbonation period32 and the total pore volume remains 
constant with the number of cycles, these authors proposed to determine SN and LN for each 
cycle, from the initial values (S0 and L0) and the maximum CO2 carrying capacity of the sorbent 
(XN) as follows: 
NN XSS 0      (6) 
N
NN rp
rpXLL 00      (7) 
where S0 and L0 are the values corresponding to the initial fresh calcined limestones, and rp is 
the pore radius (rp0 initial value, rpN after N cycles). The maximum carrying capacity (XN) in 
each cycle can be calculated using the following equation proposed by Grasa et al.39: 










 r
r
N X
Nk
X
X
)1(
1
1      (8) 
where k is the deactivation constant, Xr is the residual conversion after an infinite number of 
cycles and N is the number of cycles. Values of k=0.52 and Xr=0.075 have been proven to be 
valid for a wide range of sorbents and carbonation conditions and have been used in this work. 
The values calculated for XN by means Eq. 8 were compared with the experimental CO2 carrying 
capacities obtained during TGA cycling and a good agreement was found. We estimated the 
initial surface (S0) area of the fresh calcined limestones from the maximum CO2 carrying 
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capacity of the sorbent in the first cycle assuming the CaCO3 layer thickness at the end of the fast 
reaction regimen to be 49 nm32. This yields an initial value of 30*106 m2/m3 assuming an initial 
CO2 carrying capacity of 0.7 (using N=1 in Eq. 8). The initial values of pore length (L0) and 
porosity () used for the three limestones were 4.16*1014m/m3 and 0.46, respectively. These 
values were taken from a study of Grasa et al.37 in which calcined Imeco limestone was 
characterized by mercury porosimetry. 
 
Once the evolution of the surface area (SN) and N were calculated with the number of cycles, 
the reaction parameters, ks and D, were determined by fitting Eqs. 4 and 5 to the experimental 
data. Figure 4 shows an example of the fitting of these equations to the experimental data 
obtained during the sulfation of Enguera limestone after 20 cycles of calcination/carbonation. 
Figures 4a and 4b represent the left hand side of Eqs. 4 and 5 against time and time1/2, 
respectively. From the slopes of the straight lines, ks and D can be calculated. As can be seen 
from these figures, there is a clear threshold between the chemical and the diffusion controlled 
regime that can be easily identified for f()~0.5 which corresponds approximately to 
XCaSO4=0.10. A similar marked threshold was observed for the other samples studied. This 
indicates that under these experimental conditions and with this particle size, the overall reaction 
rate is initially controlled by the chemical reaction rate that takes place over the entire surface of 
the sorbent. However, as the reaction proceeds, the surface is covered by a layer of CaSO4 and 
diffusion through the product layer becomes the limiting step. No pore diffusion effects were 
detected in the experiments or used in the model.  
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Figure 4. Fitting of Eq. 4 (a) and 5 (b) to the experimental data obtained for the Enguera 
limestone at N=20 (T=650 ºC, SO2 concentration=500 ppmv).  
 
Before discussing the values of ks and D (shown in Table 2), it may be useful to test the 
suitability of this model for describing the evolution of XCaSO4 with time. CaO conversion to 
CaSO4 with reaction time can be calculated using the following equations which can be derived 
from Eqs. 4-5: 
a) for the chemically controlled regime: 


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
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b) for the diffusion controlled regime: 
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where 
   1
tSCk Ns            (11) 
Figure 5 compares the experimental values with those calculated for Compostilla limestone for 
different numbers of cycles. In this figure, the transition between chemically and diffusion 
controlled regime has been obtained from the experimental results (typically around 120-180 s). 
Moreover, XCaSO4 has been calculated using the ks and D values derived for each cycle. As can 
be seen in the figure, the model only predicts satisfactorily the CaO conversion up to a value of ~ 
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0.10 in the case of the fresh calcined limestone (N=1), which corresponds to a reaction time of 
around 4 minutes. From this point, the calculated values clearly overpredict the experimental 
ones. In contrast, for the sorbent obtained after 10 calcination/carbonation cycles, the model is 
able to calculate the sorbent conversion up to values of XCaSO4= 0.2 which corresponds to a 
reaction time of approximately 10 minutes. In the case of the sorbent that has been cycled 20 and 
50 times, the XCaSO4 values calculated with the RPM model are in close agreement with the 
experimental ones over the entire reaction period.  
 
The fact that the model correctly predicts the evolution of the sulfation conversion of the sorbent 
obtained after many carbonation-calcination cycles is a strong validation of the RPM model 
when applied to our results. It shows that the product layer of CaSO4 is able to grow around the 
whole particle without experiencing any geometrical restrictions. The homogeneous model is not 
valid for particles derived from fresh calcined limestone because they undergo pore plugging as 
reaction proceeds. In the case of N=10, the pore structure must be in an intermediate stage.  
 
Figure 5. Comparison of experimental and calculated values of XCaSO4 for Compostilla limestone 
with different numbers of cycles ((a) first cycle, (b) higher cycles) (T=650 ºC, SO2 
concentration=500 ppmv) (calculated values-solid lines). 
 
In a postcombustion Ca-looping system, most particles will have been cycling the system 10s of 
times depending on the make up flow ratio of fresh limestone34. Therefore, the assumption that 
the sulfation reaction progresses homogeneously in the particles, as indicated by equations 1-8, 
will serve as an adequate approximation for practical reactor modelling purposes. A good 
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agreement between the calculated values for cycled particles was found for each limestone, 
indicating the intrinsic nature of the values of ks and D.  In contrast, the best-fit values for the 
first cycle were clearly lower that the average values for all three limestones, especially in the 
case of the effective product layer diffusivity (D), which tends to be one order of magnitude 
lower. This can be explained by taking into account that the reaction surface in the particles has 
been calculated by means of Eqs. 6 and 8, which will tend to overestimate the reacting surface 
when small pores (that are prompt to CaSO4 plugging) are present. The average values of ks and 
D for each limestone are summarized in Table 2. These have been calculated using the values of 
ks and D calculated for each cycle, except those corresponding to the fresh calcined limestone 
(N=1) . 
 
Table 2. Calculated kinetic rate parameters (ks and D) for the different limestones at 650ºC.  
 
The values presented in Table 2 are in agreement with those found by Bhatia20 for fresh calcined 
sorbents at temperatures of around 650 ºC. Table 2 also shows the sulphate conversion at which 
the transition between the chemical and diffusion controlled regime is experimentally observed. 
From the values of XCaSO4 and the surface area (SN), it is possible to estimate the thickness of the 
product layer (h) at which the reaction becomes diffusion controlled by means of the following 
equation: 
CaON
MCaSOCaOCaSO
MS
VX
h 44
          (14) 
The calculated values of h are shown in Table 2. An average CaSO4 layer thickness of 8.5 nm is 
obtained. This average value can be used to estimate the sulphate conversion that marks the 
transition between the kinetic and the diffusion controlled regimes.  
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Although this work focussed on the carbonator reactor, where the operation temperature will be 
fairly constant at around 650 ºC, we attempted to determine the influence of the temperature on 
the kinetic rate parameters by means of the Arrhenius equation: 
 
)/(exp0 RTEkk akss           (15) 
)/(exp0 RTEDD aD          (16) 
 
For this purpose, we carried out tests at higher temperatures to determine ks and D. However, 
diffusional resistances were observed during the tests at higher temperatures, which could not be 
avoided in our experimental set-up. To overcome this problem and to reduce the number of 
adjustable parameters, we determined the values of the pre-exponential factors, assuming an 
activation energy of 56 kJ/mol and 120 kJ/mol as calculated by Bhatia20 for ks and D, 
respectively. The results obtained are shown in Table 3. 
 
Table 3. Kinetic parameters of Eqs. 15 and 16 for the three limestones. 
 
Figure 6 shows the experimental evolution of XCaSO4 with sulfation time together with those 
calculated using the average values of Table 2 and assuming a layer thickness of 8.5 nm for 
Enguera and Compostilla limestone with different numbers of cycles. As can be seen, there is 
reasonable agreement between the experimental and calculated values, confirming the suitability 
of the model for determining the sulfation rates of cycled sorbents. 
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Figure 6. Comparison of experimental values of XCaSO4 of Enguera (a) and Compostilla (b) 
limestones for N=20 and 50 with those calculated by means of the model and the average values 
shown in Table 2 (solid lines) (T=650 ºC, SO2 concentration=500 ppmv). 
 
When applying the RPM model to design Ca-looping systems, it will be found that for the 
typically low sulfation conversions of solids in these systems, the particles will react mainly 
under the chemical controlled regime. Therefore the sulfation rate can be calculated by using the 
simplified form of Eq. 1 for this regime together with the parameters reported in Table 3: 
 
 



1
1ln1)1( XXCSk
dt
dX s         (17) 
The high reaction rate achieved for SO2 capture under typical carbonator conditions in 
postcombustion Ca-looping systems, confirms that these reactors are suitable as SO2 absorbers 
and as high-temperature CO2 capture devices.  
 
CONCLUSIONS 
The random pore model has been applied to study the sulfation behaviour of cycled CaO 
particles at a temperature of 650º C (typical of carbonator reactors in Ca-looping CO2 capture 
systems). Under these conditions, the sulfation proceeds through an initial chemically controlled 
step followed by second period where chemical reaction and diffusion through the product layer 
are the controlling resistances. Sulfation has been found to be a first reaction order with respect 
to SO2 under the experimental conditions tested. The rate constants for surface reaction (ks) 
between 4.32*109 and 5.63*109 m4/mol s were calculated at 650 ºC for the three limestones used. 
The calculated values of effective product layer diffusivity (D) range from 2.43*10-12 to 4.88*10-
12 m2/s. These values are in agreement with those found in the literature under similar conditions. 
 20
The results obtained with RPM indicate that cycled sorbents do not undergo pore plugging due to 
the growth of a layer of CaSO4 (for reaction times of up to 20 min). For low CaO conversion 
(XCaSO4 <0.05), sulfation is a chemically controlled reaction. The high sulfation rates measured 
with highly cycled (carbonation-calcination) particles seem to indicate that  post combustion  Ca-
looping carbonator reactors will be effective reactors for capturing SO2 from flue gases. 
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NOTATION 
a, b stoichiometric coefficients for carbonation reaction 
C concentration of CO2, kmol/m3; b, bulk concentration; e, equilibrium 
D effective product layer diffusivity, m2/s 
D0 pre-exponential factor in Eq. 16, m2/s 
Eak activation energy for the kinetic regime, kJ/mol 
EaD activation energy for the combined diffusion and kinetic regime, kJ/mol 
h product layer thickness, m 
k sorbent deactivation constant 
ks rate constant for surface reaction, m4/mols 
ks0 pre-exponential factor in Eq. 15, m4/mols 
L total length of pore system, m/m3 
M molecular weight, kg/kmol 
N number of calcination/carbonation cycles 
rpN radius of the pore after N cycles(m)  
S reaction surface per unit of volume, m2/m3 
t reaction time, s 
VM molar volume, m3/kmol 
XN CaO molar conversion to CaCO3 in each cycle 
XCaSO4 CaO molar conversion to CaSO4 
Xr residual CaO conversion 
Z ratio volume fraction after and before reaction 
  
 Greek letters 
 2 ks a ρ (1- ε)/MCaO b D S 
 porosity 
ρ density, kg/m3 
 4πL(1- ε)/S2 
 ks C S t/(1- ε) 
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Figure 1. XCaSO4 vs time for limestones used in this work after the first calcination (a) and 50 
calcination/carbonation cycles (b) (T=650 ºC, SO2 concentration=500ppmv). 
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Figure 2. Effect of the particle size on the sulfation of CaO after the first calcination (empty 
symbols) and 20 calcination/carbonation cycles (filled symbols) (T=650 ºC, SO2 
concentration=500ppmv). 
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Figure 3. Effect of SO2 concentration on XCaSO4 for the fresh calcined Compostilla limestone 
(N=1) (T=650 ºC) (a) and the maximum reaction rate vs SO2 concentration (b). 
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Figure 4. Fitting of Eq. 4 (a) and 5 (b) to the experimental data obtained for the Enguera 
limestone at N=20 (T=650 ºC, CSO2=500 ppmv).  
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Figure 5. Comparison of experimental and calculated values of XCaSO4 for Compostilla 
limestone with different numbers of cycles (T=650 ºC, CSO2=500 ppmv) (calculated values-solid 
lines). 
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Figure 6. Comparison of experimental values of XCaSO4 of Enguera and Compostilla limestones 
for N=20 and 50 with those calculated by means of the model and the average values shown in 
Table 2 (solid lines) (T=650 ºC, CSO2=500 ppmv). 
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